
A Comprehensive Model for Fluidized Bed 
Cool Combustors 

A comprehensive model for the simulatiod~of fluidized bed coal combustors 
(FBC) is developed, capable of predicting the combustion efficiency, char and 
limestone elutriation and the corresponding particle size distribution in the bed 
and in the entrained materials, solids withdrawal rate from the bed, bed tempera- 
ture profile, sulfur dioxide retention, sulfur dioxide and NO, emissions, concen- 
trations of oxygen, carbon monoxide, carbon dioxide, volatiles, sulfur dioxide and 
NO, along the combustor height. The model can also simulate combustors with 
varying cross section along the bed height. The performance of the model is 
compared with the data obtained from four different combustors. Agreement 
between the computed results and the data is good. The salient features in the 
model which need further investigation are pointed out. 
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SCOPE 

A considerable amount of investigation on the performance 
of fluidized bed combustion system has been under way, par- 
ticularly in the United States and United Kingdom. Most of the 
experimental tests have concentrated on feasibility evaluation 
of FBC. As a result of these studies, pilot plant data related to 
FBC performance have become available in recent years. 

A systematic, theoretical examination of these data has been 
initiated only recently, and attempts are presently being made 
to develop theoretical models for predicting the performance 
of FBC under various operating conditions. Most of the model- 
irrg work performed to date has concentrated on a few specific 
aspects of the fluid bed combustion process. It is the aim of the 
present work to formulate a comprehensive FBC model taking 
into account the following elements which were either partially 
considered or not considered at all in the earlier work. 

1. Devolatilization ofcoal and the subsequent combustion of 
volatiles and residual char. 

2. Sulfur dioxide capture by limestone. 
3. NO, release and reduction of NO, by char. 
4. Attrition and elutriation of char and limestone. 
5. Bubble hydrodynamics. 
6. Solids mixing. 
7. Heat transfer between gas and solid and solids and heat 

exchange surfaces. 
8. Freeboard reactions. 
The uniqueness of the proposed model is its capability to 

account for the freeboard reactions which may be substantial, 
the solids mixing within the bed, the devolatilization of coal, 
sulfur dioxide and NO, release during the combustion of char 
and volatiles, and the simultaneous absorption of sulfur dioxide 
by limestone and reduction of NO, by char, the entrainment of 
char and limestone from the bed and the bubble hy- 
drodynamics in the presence of internal coils. 

CONCLUSIONS AND SIGNIFICANCE 

The agreement between the simulated results and the ex- 
perimental data proves the validity of the proposed model for 
the fluidized bed coal combustion and of the assulhptions made. 

Although a simple approach is taken to calculate the bubble 
size through heat transfer tubes, a proper bubble size correla- 
tion in the presence of cooling tubes with different configura- 
tions needs to be developed. Bubble size cannot be assumed as 
an adjustable parameter, and bubble coalescence has to be 
considered. 

The model confirms the importance of the role of solids 
mixing in maintaining a uniform bed temperature. Poor solids 
mixing results in nonuniform temperature profile and carbon 
concentration profile in the bed. The solids mixing is accounted 
for by the solids mixing parameter in the model. This important 
parameter in the model also accounts for the devolatilization of 
coal. The assumption of a major portion of the volatiles being 
released near the feed point is justified by the concentrations of 
nitric oxide, oxygen and carbon monoxide observed experi- 
mentally near the coal feed point. 

Attention has to be focused on the evaluation of the solids 
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mixing parameter, the fraction of wake solids thrown into the 
freeboard and the bed to tube heat transfer coefficients. A 
parametric study indicates the necessity of accurate estimation 
of these variables for proper accounting of solids mixing, 
freeboard reactions and bed temperature profile. 

Nitric oxide emission is shown to be dependent on the operat- 
ing temperature. It can be maintained below the EPA limits by 
maintaining a higher concentration of carbon in the bed and in 
the freeboard. Nitric oxide concentrations in the bed indicate 
that most of the nitric oxide is formed in the vicinity of the coal 
feed point. 

In the operation of a FBC, a balance has to be made between 
the combustion efficiency, the carbon loss, higher sulfur 
dioxide retention and lower nitric oxide emission. 

The present work will aid in the understanding of the per- 
formance of FBC under a range of operating conditions. For 
example, sulfur dioxide, nitric oxide and particulates emis- 
sions from the FBC can be estimated for a range of operating 
conditions. The optimum operating temperature and gas resi- 
dence time in the bed, which would give maximum combustion 
efficiency and lower sulfur dioxide and NO, emissions, can be 
estimated. The temperature profile simulated based on the 
model will help identify the proper location of cooling coils in 
the bed to avoid steep temperature gradients for design of coils 
configuration and packing density. 
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Among the various ways of direct buring of coal, fluidized bed 
combustion appears to be the most attractive, both from an 
economic ;and an environmental standpoint. By carrying out 
combustion in a fluidized bed combustor (FBC) operating at 
relatively low temperature (750" to 950"C, 1,382' to 1,742'F), 
both sulfur dioxide and NO, emissions can be maintained at 
environmentally acceptable levels. In addition, the FBC is well 
suited for 'burning low grade, high sulfur coal. 

Fluidized bed combustion involves the buring of coal parti- 
cles in a bed containing limestone/dolomite additives and coal 
ash. Under normal operating conditions, the coal particles con- 
stitute less than 4% of the total solids in the bed.  The  
limestone/dolornite is added to absorb the sulfur dioxide re- 
leased from coal during combustion. Sulfur dioxide reacts with 
calcined limestone/dolomite to form calcium sulfate. NO, emis- 
sion is kept low owing to  low combustion temperature and by 
the NO, reduction reaction with carbon present in the fluidized 
bed. The low temperature operation of the fluidized bed offers 
little, ifany, clinker formation ofthe ash. The heat ofcombustion 
is removed by steam coils immersed in the bed. The steam coils 
also control the temperature of the bed with minimum hinder- 
ance to the solids mixing and circulation in the bed. The high 
heat transfer coefficients between the bed material and the heat 
exchange surfaces [250 to 420 W/m2 O K ,  (45 to 75 Btu/hr ft2 O F ) ]  
and the lar e heat generation rates [2.0 to 5.0 MW/m3 (0.193 to 
0.483 x 10 Btu/hr ft?] in FBC result in a smaller boiler volume 
for a given duty than the conventional pulverized coal burning 
boilers. 

Attempl s have been made to develop mathematical models 
for predicting the performance of FBC under various operating 
conditions. (Avedesian and Davidson, 1973; Becker e t  al., 1975; 
Baron eta]., 1977; Beer, 1977; Borghi e t  al., 1977; Campbell and 
Davidson, 1975; Chen and Saxena, 1977; Gibbs et  al., 1975; 
Gibbs, 1975; Gordon and Amundson, 1976; Horio and Wen 
1975, 1978; Horio e t  al., 1977; Rajan e t  al., 1978; Park e t  al., 
1979; Sarofim and Beer, 1979). Almost all of these models are 
based on the two-phase theory of fluidization and address to 
specific phases of FBC operation. The complexity of the FBC 
process has been a major hurdle in the development of a com- 
prehensive FBC model. In the present study, an attempt is 
made to develop such a model that can be  employed to simulate 
the performance of FBC under a wide range of operating condi- 
tions. 

5 

MODEL ASSUMPTIONS 

The model developed in this study takes into account the 

1. Devolatilization of coal, subsequent combustion of vol- 

2. Sulfur dioxide capture by limestone particles. 
3. NO,. release and reduction of NO, by the char. 
4. Attrition and elutriation of char and limestone. 
5.  Bubble hydrodynamics. 
6. Solids mixing. 
7 .  Heat transfer between gas and solids and heat exchanger 

surfaces and bed material. 
8. Freeboard reactions. 
The following assumptions are made in constructing the FBC 

model. 
1. SingJe-phase backflow cell model is used for solids mixing 

calculation. 
2. Two-phase bubble assemblage model is adopted for gas 

phase material balances. 
3. Solids exchange between the bubble phase and emulsion 

phase is assumed to be  rapid. 
4. Bubble size is a function of bed diameter and height above 

the distributor. When cooling tubes are present, bubble size in 
the tubes region of the bed is based on the horizontal pitch 
distance between the tubes. 

5. Bubbles and clouds are bath combined into the bubble 
phase. The gas interchange coefficient between the bubble and 

following processes occurring in the FBC: 

atiles followed by residual char. 
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Figure 1. Schematic illustration of the FBC. 

emulsion phases is a function of the bubble size and is dis- 
tributed axially. 

6. The gas flow rate through the emulsion phase corresponds 
to minimum fluidization velocity. 

7. Devolatilization of coal is neither instantaneous nor uni- 
form in the bed. It is assumed that volatiles release rate is 
proportional to the solids mixing rate. 

8. Volatiles are assumed to be  released in the emulsion 
phase. 

9. Volatile nitrogen and sulfur increase as a function of bed 
temperature (Fine e t  al., 1974). 

10. Sulfur and nitrogen in the residual char are assumed to be 
released as sulfur dioxide and NO, during the combustion of 
char. 

MODEL BACKGROUND 

The various physicochemical processes occurring in the FBC 
are shown in Figure 1. The basic elements of the overall com- 
bustion process are discussed below. 

Devolatilization and Combustion of Char 

Coal particles fed to the hot combustor are rapidly heated while 
undergoing devolatilization (or pyrolysis). The volatile matter of 
coal is evolved into the particulate phase or emulsion phase of 
the bed. The bed temperature and the proximate volatile matter 
content of coal determine the yield ofvolatiles. Volatile yield is 
estimated by the following empirical correlations (Gregory and 
Littlejohn, 1965): 

V = V M - A - B  
A = exp(26.41 - 3.961 In t + 0.0115 VM) 
B = 0.2(VM -- 10.9) 
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Figure 2. Rate controlling regimes in FBC. 
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The composition of the products of devolatilization in weight 
fractions is estimated from the following correlations developed 
from the experimental data of Loison and Chauvin (1964): 

CH, = 0.201 - 0.469 X y M  + 0.241 X &  
Hz = 0.157 - 0.868 X y M  + 1.388 X t M  
COZ = 0.135 - 0.900 X y M  + 1.906 X ; M  

CO ~ 0 . 4 2 8  - 2.653 X,, + 4.845 X t M  
H2O = 0.409 - 2.389 X y M  - 4.554 X t ,  
Tar = -0.325 + 7.279 X v M  - 12.880 X$, 

Volatile nitrogen released during devolatilization is expressed as 
(Fine et  al., 1974) 

g/g coal (d.b.) 
and volatile sulfur is expressed as 

V, = 0.001 T - 0.6 

v, = 0.001 T - 0.06 g/g coal (d.b.) 
Despite extensive research on coal devolatilization, reliable 

rate expressions for coal devolatilization are not available to 
date. Particularly, the rate of devolatilization in relation to the 
rate of solids mixing in a fluidized bed is not well known. The 
time required for the process of devolatilization to complete 
depends on the coal particle size and the temperature of the 
fluidized bed. Beer (1977) estimated that 0.5 to 1 s is required for 
a 1 mm coal particle to complete the devolatilization in a FBC. 
Wen and Chen (1979) estimated that 3 s at 900°C and 4 s .  at 
800°C are required for the devolatilization of subbituminous 
coal in a limestone bed. On the other hand, the time required for 
the solids to mix in a FBC depends on the size of the bed and 
number offeed points located in the bed. Solid mixing time for a 
0.61 m2 combustor with a bed height of 1.22 m and a superficial 
gas velocity of 1.22 m/s lies in the range of 2 to 10 s, depending 
on whether internals are present or not. Hence it is more likely 
that a major portion of the volatiles will he released near the coal 
feed point. In this model, the volatiles are assumed to be re- 
leased in two ways. A portion of volatiles proportional to&,, the 
solids mixing coefficient (also the fraction of bubble volume 
occupied by the wake), is released uniformly throughout the 
bed. The remainingportion ofvolatiles proportional to (1 -fw) is 
released near the coal feed point. 

At temperatures above 650°C and in an oxidizing atmosphere, 
the rate of burning of volatiles is fast compared to the time 

required for volatiles evolution. However, the combustion of 
volatiles released in the emulsion phase is controlled by the 
availability of oxygen in the emulsion phase. Since the oxygen 
concentration in the emulsion phase is low, the volatile gases in 
the emulsion phase first tend to form carbon monoxide by partial 
combustion, whereas the volatiles exchanged to the bubble 
phase burn completely to carbon dioxide because of excess 
oxygen present in the bubble phase. 

The rate of burning of carbon monoxide is expressed as (Hot- 
tel et  al., 1965) 

1 
2 

CO + - O2 + COz, rco = 3 x 10'' 

17.5 Yo 
1 + 24.7 Yo 

gmole/cm3s exp(-6.699 X 107/RT)Y~~o . Yco 

Residual char burns according to the reaction 

c+ -oo ,+  2 - - c o +  --1coz 4 ( ;) (: ) 
where 4 is a mechanism factor which takes the value 1 when 
carbon dioxide is transported away from the char particle and 2 
when carbon monoxide is transported away during char combus- 
tion (Field et al. ,  1967). The factor 4 is a function of char particle 
diameter and temperature. For small particles, carbon 
monoxide formed during char combustion diffuses out fast be- 
cause of rapid mass transfer and burns to form carbon dioxide 
outside the particle, whereas for large particles, because of 
slower mass transfer, carbon monoxide burns within the bound- 
ary layer of the particle, and carbon dioxide is transported out. 4 
is expressed as 

2p + 2 
P + 2  

d, = ~ for dc < 0.005 cm 

(2p + 2) - p(de - 0.005)/0.095 
P + 2  

d , =  

for 0.005 < d, < 0.1 cm 

where p is the ratio of carbon monoxide to carbon dioxide 
formed during char combustion and is given by (Arthur, 1951) 

p = 2,500 exp(-5.19 x iO'/RT) 

The rate expression for char combustion is estimated by Field et  
al. (1967) 

r,W = n- d," k, C ,  gmole/s particle 

where k, is the overall rate constant and is given by 

kcR = chemical reaction rate constant 
= 8,710 exp(-1.4947 X 10a/RTc) g/cm2. s .atm 

k, = diffusion rate constant 

= 24 C#J D/d, Rg Tm, g/cm2 . s . atm 

For smaller particles, diffusion of oxygen to the surface of the 
char particle is faster than the chemical reaction rate of combus- 
tion, while for larger particles, diffusion of oxygen is slower than 
the chemical rate. Thus, the dihsional term tends to dominate 
for larger particles at high temperatures, while the chemical 
term tends to dominate at low temperatures (Figure 2). Carbon 
dioxide formed during combustion reacts with char according to 

c + co* -+ 2 CO 

and the rate expression for the above reaction is rcq = n- d," k,, 
C c a  gmolels * particle, where kc, = 4.1 x 108exp(-2.478 x 
108/RT) cm/s (Caram and Amundson, 1977). 
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Sulfur Dioxide-Limestone Reaction 

When limestone is added to a fluidized bed burning coal, the 
sulfur dioxide released from the combustion of coal reacts with 
calcined limestone according to 

1 
CaO + SO2 + - O2 -+ CaSO, 

2 

The reaction rate of a limestone particle can be  expressed as 
(Borgwardt, 1970; Wen and Ishida, 1973) 

7T 
rl = - & krl CSm gmole/s particle 

6 

where krt is the overall volumetric reaction rate constant and is a 
rapidly decreasing function of limestone conversion fi. The 
overall reaction rate constant k,.l is calculated by 

krl = k;, S, Al 

where k:, is equal to 490 exp( -7 -33 x 107/RT) g/cm3 s.  The value 
of activation energy was obtained by Wen and Ishida (1973). By 
using Borgwardt's data (1971), the specific surface area S, is 
correlated with calcination temperature as 

S, = -38.4 T + 5.6 X lo4, cm2/g for T 2 1,253"K 

= 35.9 T - 3.67 X lo4, cm2/g for T < 1,253"K 
AJ, the reactivity of limestone, is a function of conversion, tem- 
perature and particle size. Calcium sulfate formed owing to the 
sulfation of calcined limestone tends to block the pores formed 
during limtestone calcination, building an impervious layer on 
the particle surface and reducing the reactivity of limestone. 
The reactivity of limestone is calculated using the grain model 
developed by Ishida and Wen (1973) and is presented in Rajan e t  
al. (1978). 

118 

NO,-Char Reaction 

Nitrogen oxides are generated during the combustion of vol- 
atiles and char and are subsequently reduced to nitrogen by 
reaction with nitrogeneous fragments (containing ammonia) in 
the volatiles and also by the heterogeneous reaction with char. 
Fuel nitrogen compounds in the volatiles would be  in the form of 
ammonia. When the volatiles burn, ammonia is oxidized to 
nitric oxide. When the residual char burns, nitrogeneous frag- 
ments of the char are also oxidized to nitric oxide. The released 
nitrogen oxides are reduced by char according to the reaction 

C + 2 NO -+ COZ + Na 

The rate expression for nitric oxide reduction is 

rNo = P d," k ~ o  CNo 

where k N ( ,  = 5.24 x lO'exp (-1.424 x 1OSRT,) cm/s (Oguma 
et  a].. 1977; Horio et  al., 1977). 

gmole NO/s . particle 

Attrition and Entrainment of Char ond Limestone 

Limestone and char particles in the bed are subjected to 
erosion and attrition owing to the rapid mixing of the solids. The 
attrition rate is proportional to the rate of energy input. The size 
distribution of the fines produced has been found to be approxi- 
mately constant for a particular bed material and independent of 
the bed size distribution or operating conditions (Merrick and 
Highley, 1974). The rate of energy input to the bed particles is 
taken to be proportional to (Uo - Urn/) and also to the bed weight. 
The rate of production of fines is correlated as 

R a  = w o  - Urn/)Mb g/s 

The value of K is dependent on the friability of the material. The 
valuesofiYlie iritherange9.11 x lO-'forashand2.73 x lO-'for 
limestone. 

The rate of elutriation of char and limestone for a size fraction 
xis directly proportional to their concentration in the bed; that is 
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Figure 3. Size distributions of the particles in the FBC. 

1 8800 

R, = Ex b, g/s 

There are many correlations proposed to calculate the elutria- 
tion rate constant Ex. Many ofthe correlations exhibit an impro- 
per qualitative behavior in the smaller particle size ranges. A 
recent correlation proposed by Merrick and Highley (1974) 
accounts properly for the boundary conditions of a maximum 
limitingelutriation rate constant at zero particle size and the rate 
constant approaching zero with increasing particle size and at  Uo 
= U,. It is of the form 

The above correlation was obtained by Merrick and Highley 
with data from NCB combustor in which the freeboard height 
was around 275 cm. When this correlation is used to simulate 
the performance of NCB combustor, the results agree well with 
data (Figure 3). This correlation does not take into account the 
entrainment below the transport disengage height, or TDH, 
which is defined as the critical freeboard height above which the 
rate of entrainment of fines remains constant. In view of the fact 
that the entrainment below T D H  is dependent on the freeboard 
height, the following correlation is suggested to calculate the 
entrainment rate as a function of height above the bed surface. 
The rate of entrainment is given by 

where the constant 275.0 represents the freeboard height of the 
NCB combustor. 

When the bubbles burst a t  the surface of the bed, solids in the 
wake of the bubbles are thrown into the freeboard. The amount 
of solids splashed into the freeboard can be calculated from 
(Yates and Rowe, 1977) 

Fo = A, . (U ,  - uwyU.0 - Em/)Ps .fsU. g/s (2) 

There are many correlations available in the literature to calcu- 
late the TDH (Zenzand Wed, 1958; Amitin e t  al., 1968; Nazemi 
e t  al., 1973; Fournol e t  al., 1973). The correlation proposed by 
Amitin e t  al. (1968) is used here because of its simplicity and 
accuracy in the range of fluidizing velocities encountered in the 
combustor: 

TDH = 0.147 u;,*(22.4 - 1.2 In 00) cm 

TDH is compared with the actual height (height between the 
bed surface and the flue gas exit). If the TDH is smaller than the 
actual freeboard height, then TDH is used to calculate the solids 
elutriation rate. Entrainment rate of solids as a function of the 
height above the bed surface is calculated using Equation (I). 
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Freeboard Reactions 

Char combustion, sulfur dioxide absorption and NO, reduc- 
tion reactions take place in the freeboard. Heat generated by 
combustion and heat carried by the flue gases are removed by 
the cooling coils present in the freeboard. The hydrodynamics in 
the freeboard is different from that in the bed. There are no 
bubbles present in the freeboard. Any unburnt volatiles from 
the bed would be burnt in the freeboard. 

The freeboard region is divided into a number of compart- 
ments of equal size. The compartment size in the freeboard 
region is estimated based on the Peclet number in the freeboard 
region using the following correlations (Wen and Fan, 1975): 

N R e  = Dt DO Po//*. 

NPe = Do D1lE, 

Nsc = /*.ID Pa 

If we know the axial dispersion coefficient E,,  the average 
compartment size in the freeboard is calculated as 

The concentrations of gaseous species vary with each compart- 
ment, although the concentrations are uniform (completely 
mixed) within each compartment. Ifwe know the average height 
of each compartment above the bed surface, the solids entrain- 
ment rate at that height is calculated. Residence time of solids in 
each compartment is given by AZ/(V, - UT), where AZ is the 
compartment size. Solids holdup in each compartment is then 
obtained from 

Solids holdup in 
each compartment 

- - (upward + downward) flow rate of 
solids x residence time of solids in 
that compartment 

Depending on the residence time of particles in the freeboard, 
and the char particles burning time, char particles will either be 
partially or completely burnt, and the unburnt char particles are 
elutriated. The burning time of a char particle is estimated from 
(Field e t  al., 1967) 

t b  = burning time of a char particle 

= Pc,ch R g  T ,  d,2/(96 d D 

Background information on sulfur dioxide-limestone reac- 
tion, bubble hydrodynamics, solids mixing and heat transfer are 
discussed elsewhere (Worio and Wen, 1978; and Rajan e t  al., 
1978). 

MODEL DESCRIPTION 
Elutriation Calculations 

A mathematical model has been developed for elutriation in a 
fluid bed system with size reduction and recycle to the bed of 
some or all of the fines from the primary andlor secondary 
cyclones. The model takes into account the variation in the rates 
of elutriation and size reduction with particle size. If the size 
reduction is due to more than one process, then there will be 
separate values of size reduction constant for each process. In 
general, the rates of size reduction by the separate processes in 
each size fraction are additive. A mass balance is performed for 
each size fraction x as follows (Merrick and Highley, 1974): 

(feed rate) (gain of particles (gain of fines 
w/.x + W,- 1 + a, k, M ,  

from next largest produced by abrasion) 

size due to size 
reduction) 

= M , W D / M t ,  + R,g,,(l - p i )  + Rxqzs(1  - 91,)(1. - P z )  
(withdrawal (particles cap- (partlcles captured 
rate from the tured by pri- by secondary cyclone 
bed) mary cyclone but  not recycled) 

but not re- 
cycled) 

+ R X ( 1  - q1,)(1 - q 2 x )  + kx Mx 
(particulate emission) (loss of weight due to 

production of fines by 
abrasion) 

+ wx 
(loss of particles to  next smallest 
size due to size reduction) 

The rate of loss of particles to the next smallest size W, is 
determined by considering a mass of particles M ,  at size d ,  and 
by calculating the mass remaining M,,, after the size has been 
reduced to d,,,. The rate of reduction is written as 

-- dM *- -k, M ( U o  - U,) 
d0 

The rate of size reduction between d ,  and is 

(3) 

Dividing Equation (3) by Equation (4), we get 
dM - 3 M  - -__ 
ddx d x  

and integrating between d, and d,,, we get 

-- Mx+i - ( __ d;;i )3 

M x  

This fraction is the proportion of the total feed to the xth size 
fraction which is reduced in diameter to ( x  + I ) t h  size fraction. 
Therefore, W, = [Wf., + a, K(Uo - U,)Mb + Wx-l] (dX+JdJ3. 
For the coarsest size fraction, Wx-l is zero. 

The entire calculation is iterative, starting from initial guesses 
of the withdrawal rate of solids from the bed and the size 
distribution of particles in the bed. Mass balance is performed 
on each successive close size fraction, starting from the coarsest. 
The bed weight in each size fraction and hence the total bed 
weight and bed size distribution oflimestone are calculated. The 
procedure is repeated till the calculated total bed weight based 
on each size fraction equals the bed weight computed from bed 
height and density. The elutriation rate, fines collectionlrecycle 
rates. particle emission and size distribution of elutriated parti- 
cles are then calculated. 

Material and Energy Balances 

Material balances are made for volatile gases, carbon 
monoxide, carbon dioxide, oxygen, sulfur dioxide and nitric 
oxide in the bubble and emulsion phases within the bed and in 
the freeboard. Material balance ofwater is not included because 
carbon-steam reaction is slow and has been ignored. Depending 
on the concentration of oxygen in the emulsion phase, different 
material balances are used as shown below. 

Case A :  Volatiles concentration in the emulsion phase is not 
zero because of insufficient oxygen in emulsion phase for com- 
plete combustion of volatiles. Char and carbon monoxide com- 
bustion do not proceed in the emulsion phase. 

EMULSION PHASE EQUATlONS 

Oxygen: 

YE,/ = 0.0 
Volatiles: 

(5) 
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FEM,iyE.v,i = FEM.i-lYE.c.i-l - a i Y E , l - , i - i  
(volatiles out) (volatiies in) (volatiles exchanged 

to bubble phase) 

-- 
(volatiles burnt) (volatiles released 

during devolatil- 
ization) 

where al = K B E , i  At,iAZi E B , ~  PIRgTi, gmole/s 
Carbon monoxide: 

FEM,iYE,CO. i  = FEM,i-lYE.CO.i-l - a l Y E , C O . i  
(CO out) (CO in) (CO exchanged to 

bubble phase) 

-1 

(CO produced by volatiles 
burning) devolatilization) 

(CO released during 

+ 2 a4YE,C@,i (7) 
(CO produced by C 4 O Z  reaction) 

where 

Carbon dioxide: 

FEM.iyE,C02,i = FEM.i-lYE,c@,i-1 - al(YE.C@,i - yB,C@,i )  

(COZ out) (COz in) (COz exchanged to 
bubble phase) 

(COz consumed by 
a4yE.CO!&i (8) - + R C 0 z . i  

(COz released during 
devolatilization) C-C02 reaction) 

BUBBLE PHASE EQUATIONS 

Oxygen: 

(oxygen out) (oxygen in) (oxygen exchanged to 
FBM,iYB. i  = F B M d - 1  Y B d - 1  - a ,  y B . i  

emulsion phase) 

(oxygen consumed (oxygen consumed by 
by char) CO exchanged to 

bubble phase) 

- a ,  YE.r,i X q . c  (9) 
(oxygen consumed by 
volatiles exchanged 
to bubble phase) 

where 

Carbon dioxide: 

FBM.i y B , C q . i  = FBM,i-1 yB.C@,i-l - al (yB,C@,i  - yE,C@.i) 

(COZ out) (C02 in) (COP exchanged to 
emulsion phase) 

+ a2 y B . i  + al YE,CO, i  + a1 YE,r . i  Vc ,  
(CO, produced (COz produced (COz produced 

by char by CO by volatiles 
combustion) combustion) burning) 

(10) 

FREEBOARD EQUATloNs 

Oxygen: 

Volatiles: 
Yo,i = 0.0 (11) 

FMT Y0.i = FMT Ya, i -1  - F M T  Y O . i - 1 I X ~  (12) 
(volatiles out) (volatiles in) (volatiles burnt) 

Carbon monoxide: 

FMT Yc0.i = F m y c o , i - 1  + 2 a; Ycq,i 
(CO out) (CO in) (CO produced by 

C-COz reaction) 

+ F d Y 0 . i - 1  - Y a , i ) V c o  (13) 
(CO produced by volatiles burning) 

where 

Carbon dioxide: 

FMT Yc@,i = FMT Y c o 2 , i - l  - a; Y c q . i  (14) 
(COZ out) (COz in) (COz consumed by 

Case B :  Sufficient oxygen is present in the emulsion phase for 

C-CO, reaction) 

the combustion of volatiles. 

EMULSION PHASE EQUATIONS 

Volatiles: 

y E . ~ , i  = Oa0 (15) 
Oxygen: 

(oxygen out) (oxygen in) (oxygen exchanged to 

- a3 Y E . i I 4 E . t  - (FEM.,-~ YE.u , i - i  + R d X q  

FEM,i Y E , i  = FEM,l--I y E , i - l  - a l ( Y E . i  - YI3.i)  

bubble phase) 

(oxygen consumed by volatiles (oxygen consumed 
by char) burning) 

- k YE,co,i ( 17'5 "" )/To (16) 
1 + 24 7 Y E . i  

(oxygen consumed by CO) 

where 
p 1.8 

k = 3 X 10'' exp (-6.699 x 1071RTi) ( ~ RUTi ) y'io 

Carbon monoxide: 

FEM,i yE.CO,i = FEM.i-l yE,CO.i-l 
(CO out) (CO in) 

(CO burnt) 

+ (FEM,i-l  yr,i-l + Rv.i)VCO + R C 0 . i  
(CO produced by volatiles 
burning) devolatilization) 

(CO released during 

+ u4 y E , C q . i  



(CO produced by 
C-COz reaction) 

(CO produced by 
char combustion) 

- k' Yco,j( 17'5 ) (a) 
1.24 . 7 Yo,j  

(CO burnt) 
Carbon dioxide: 

FYT Yc,,, = FMTYCO~, i-1 - 4 Yce, i  
(CO, out) (CO, in) (COz consumed by 

C-CO, reaction) 

Carbon dioxide: 

FEM,i yE,C@,i = FEM.i-l yE,CO.&I-l '- al(YE,cq.i - y~,C@,i) 
(COZ out) (COZ in) (COz exchanged to 

bubble phase) 

-.. 
(COP produced by 
CO combustion) devolatilization) 

(CO, released during 

2 - a4 YE,C@,l + as(- - 1)YE.j (18) 
@E,i 

(CO, consumed by 
C-COz reaction) char combustion) 

(COz produced by 

BUBBLE PHASE EQUATIONS 

Oxygen: 

(oxygen out) (oxygen in) (oxygen exchanged to 
FEY,, YE,, = FBM,I--I YB,I-I - ai(YB.i - YE.[) 

emulsion phase) 

(oxygen consumed by CO 
exchanged to bubble phase) 

al(YE,C0,i~2 (19) - 
a2 

- 
(oxygen consumed 
by char) 

Carbon dioxide: 

yB.C@,~ = FBM,t-l YB,C@.r-l - al(YB,C@,l - 
(COZ out) (COz in) (CO, exchanged to 

emulsion phase) 

(coz produced by 
+ (1-2 YB.I 4- yE,CO,, (20) 

(COZ produced by 
char combustion) C o  combustion) 

FREEBOARD EQUATIONS 

Volatiles: 
Yt.,j = 0.0 

Oxygen: 
~ M T  Yo.( = FYT Yo,,-i - FMT Yt.i-1 X q -  

(oxygen out) (oxygen in) (oxygen consumed by 
volatiles) 

(oxygen consumed by 
CO combustion) char combustion) 

(oxygen consumed by 

where 

k' = 3 x lO"exp(-6.699 x 107/RTj) 

Carbon monoxide: 

FMT Yc0.i = FYTYco,j-i + 2 a; Yc0.i 
(CO out) (CO in) (CO produced by 

C-C02 reaction) 

+ F M T  Yt,i-l VCO + akYo,j(2 - ") 
4B.i  

(CO produced by (CO produced by 
volatiles burning) char combustion) 

(COP produced by 
char combustion) CO combustion) 

(COz produced by 

(24) 
The boundary conditions are 

SULFUR DIOXIDE AND NITRIC OXIDE BALANCES 

Nitrogen and sulfur content in the volatile products released 
during devolatilization is afunction ofbed temperature. Volatile 
nitrogen increases from 20 to 70% as temperature rises from 
800" to 1,300"K (Fine et  al., 1974). Sulfur and nitrogen left in the 
residual char are released as sulfur dioxide and nitrogen oxide 
when char burns. The following material balances are made for 
sulfur dioxide and nitrogen oxide in the bed and in the 
freeboard. 

EMULSION PHASE EQUATIONS 

FEM,~ YE.S@.i = FEM,i-l yE,S:Isoz,i--I - al(YE,S@,r - yB,S,,l) 

(SO, out) (SOz in) (SO, exchanged to 
bubble phase) 

- i'E,S@.i YE,S@,~ + RE.S@,c,i 

(SO, absorbed by (SOz released 
limestone) during char 

Combustion) 

+ RE,SOZ,V,i 

(SO, released during 
volatiles combustion) 

YE,NO,i = FEM,i-l YE,NO,i-l - al(YE.NO,i - YB,NO,i) 
(NO out) (NO in) (NO exchanged to 

bubble phase) 

(NO reduced by (NO released 
char) during char 

combustion) 

aE.,NO,i YE,NO,i + RE,NO,c,i - 

+ RE,NO,V,i (26) 
(NO released during 
volatiles combustion) 

where 



P 
k E , N O , i  - Xi, gmole/s 

RgTE,i 

BUBBLE PHASE EQUATIONS 

FBM,i YB,E;@,i = FBM,i- l  yB,S@,i-l  - al(YB,S@,i - yE,S@,i) 

(SO2 oult) (SOz in) (SO2 exchanged to 
emulsion phase) 

- aB.S@,i yB,S@,i + RB,S@,c,i 

(SO2 absorbed by (SO, released 
limestone) during char 

combustion) 

+ RB,S@,V,i (27) 
(SO2 released during 
volatiles combustion) 

where 

FBM,z YB,hO,! = FBM,!-I yB,NO,t-l - aI(YB,NO,t  - Y E , N , t )  

(NO out) (NO in) (NO exchanged to 
emulsion phase) 

~ B . N O , ~  Y B , N O , ,  + RB,NO,~,, 
(NO reduced by (NO released 
char) during char 

combustion) 

- 

+ RB,NO,V,i (28) 
(NO released during 
volatiles combustion) 

where 

FREEBOARD EQUATIONS 
- F M T Y s ~ ~ , ~  - F M T Y s @ , ~ - ~  + Rs@,i - asq,i Y s @ , i  

(SO, out) (SO2 in) (SO2 (SO2 ab- 
released) sorbed by 

limestone) 

where 

FMT YNO,i = FMT YNO,i- l  + RNO,i  - aNO,i  YNO.i 

(NO out) (NO in) (NO (NO reduced 
released) by char) 

(30) 
where 

The boundary conditions are 

YE.S@.l = YB,S@,I = Y i 7 , N O . I  = YB,NO,1 = 0.O 

SOLID PHASE MATERIAL BALANCE 

The overall material balance for the solids in ith compartment 
in terms of net solids flow Wnet,i is given by 

(solids out) (solids in) (char feed) (additives feed) 
Wnet,i = Wnet,i-1 + W r , i  Rct, + Wfa,i 

Ti (31) - 
wD.i 

- 
(solids withdrawal) (char burnt) 

The boundary condition is W,,,, = 0.0. 

given as follows by introducing the backmix flow W,,,: 
The material balance for the carbon in ith compartment is 

(Wmix,i - Wnet,i)Xi+l 

- [Wmix,i-l - Wnet,i-I + wmix, i  - wD,i]xi 

+ Wmix,i-I = Ti - Wfc,i Cch M r  (32) 
where Xi is the weight fraction of carbon in the ith compartment. 
The boundary conditions are 

Wmix,i  = Wmix,Mz = 0.0 

ENERGY BALANCE 

The energy balance for the ith compartment is given as follows: 

CS(Wmix,i - Wnet,i)Ti+l 
[heat in from (i + 1)th cell] 

(heat out from ith cell) 
- C ~ { ( W m i x , i - ~  - Wnet,i-I + Wmix,i - WD,i) + C g m  F d T i  

+ [CS Wmix,i-1 + Cgm F M T ] T ~ - ~  + Ti qc/t 
[heat in from (i - l)th cell] (heat generated by 

char combustion) 

+ gE,i qV,CO + gB. i  qV + gC0. i  qC0 
(heat generated (heat generated (heat generated 
by volatiles by volatiles by CO com- 
combustion in combustion in bustion) 
emulsion phase) bubble phase) 

qcal W,a,i + (Wfa,i Cd + Wfc,i Ccf)Tsf,i 
- 

(heat of calcination) (sensible heat of solids feed) 

= At , i  aHE, i  Ui(Ti - TWJ)  + At.i aHEW,i u w , i  
(heat removed by cooling (Ti - T w a ~ ~ j )  
tubes) (heat losses through 

the walls) 
(33) 

ENERGY BALANCE IN THE FREEBOARD 

The following equations are obtained for energy balance in 
the freeboard in ith compartment: 

(Went,; Cs + Corn F M T )  Ti- ,  + qrh 
[heat in from (i - 
compartment] by char combustion) 

(heat generated by 

(heat generated 

+ g E , i  qV,CO + &o,i ~ C O  
(heat generated by 
volatiles combus- CO combustion) 
tion) 

- (Went,i CS c g m  Fm)Ti = At,i mi aHE, i  ui(Ti - T w , i )  
(heat out from ith cell) (heat removed by cooling 

tubes) 

+ At,j h z j  aHEW,i  Uw,i(Ti - Twa1l.i) (34) 
(heat losses through the walls) 

The correlations used in simulation of hydrodynamics of FBC 
are listed in Table 1. Table 2 indicates the assumed values for the 
parameters involved in the model. If, in the future, when ad- 
ditional data become available and improved correlations are 
developed, they can be easily substituted into the correlations 
used in the model. Algebraic equations obtained are solved 
using IBM's SSP routine, SIMQ. 

RESULTS AND DISCUSSION 

The validity of the proposed fluidized bed combustor model is 
tested under a set of operating conditions based on the experi- 
mental data reported by the National Coal Board, England 
(1971), Gibbs and his associates in Sheffield (1975), the Exxon 
Research and Engineering Company, United States of America 
(1976) and NASA Lewis Research Center, Cleveland, Ohio 
(1978). Table 3 gives the dimensions of the various beds simu- 
lated and the configuration of heat exchange coils used. 
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TABLE 1. HYDRODYNAMICS CORRELATIONS USED IN THE MODEL 

Equation 
No. 

1 

2 

3 

4 

5 

6 

7 

8 

Variable Correlation 

Bubble diameter, DB, cm DB = DBM - (DBM - DBO) exp(-0.3z/Dt) 
D B M  = 0.652{At(Uo - U,)}'.' 
DBO = 0.347{At(Uo - U,&t~d)~.' 

Bubble velocity, UB,  
cm/s UB = U,  - U ,  + 0 . 7 1 1 v z  
Bubble fraction, eB CB = (UO - u,)/uB 

Gl&B cc = eB @(cub - I), ab = __ 
Urnf 

Cloud fraction, E ,  

Gas interchange 
coefficient, KBE,  l/s 
Solids mixing rate, 
Wrnlx, g/s 

K B E  = 11/DB 

Wmix = (UO - UrnJ Atfw(1 - ~ r n f ) ~ a  

K = 9.11 X lo-* - 2.73 X lo-* l/cm 
Attrition rate, R,, g/s R, = K(U0 - U,) M b  

TABLE 2. PARAMETERS IN THE MODEL 

Bed to tube head transfer coefficient, U = 0.03203, J/s cmz "K 
Freeboard heat transfer coefficient = (1/3)U, J/s cm2 "K 
Bed to wall heat transfer coefficient = 0.00879, J/s cmz "K 
Solids mixing parameter, fw = 0.075 - 0 . 3  
Fraction of wake solids thrown into the freeboard, f s w  = 0.1 - 0.5 
Cooling water temperature = 300°K 
Wall heat transfer coefficient in the freeboard = 0.001047 J/s 

Heat capacity of solids, C, = 0.9001 J/g "K 
Heat capacity of gas, C,, = 28.47 + 2.0934 X 

Dencity of limestone = 2.4 g/cm3 
Density of coal = 1.4 g/cm5 

cm2 "K 

t("C) 

Figure 3 shows an example of simulation based on the exper- 
iment performed by National Coal Board. The size distributions 
of the particles in the bed and in the elutriated material for a 
given feed size distribution calculated from the model are com- 
pared with the experimental data under the set of operating 
conditions specified in the figure. The solid lines in Figure 3 
representing the results of the model simulation indicate close 
agreement with experimental data. The fine particles in the feed 
are quickly entrained by the gas stream, and hence the bed 
particles size is larger than that of the feed particles. The fine 
particles are splashed into the freeboard by the bursting bubbles 
at the bed surface. Bigger particles fall back to the bed, while the 
smaller ones are completely elutriated. 

If the heat exchange coils are closely packed in the bed, the 
free moving, coalescing bubbles are constrained and may be  
broken as they impinge on the walls of the tubes. Hence, in such 
a bed the solids movement is retarded, which in turn affects the 
temperature profile. In the model, the solids mixing in the bed 
is represented by the mixing coefficient f w .  For poor solids 
mixing, f,,. takes on low values (0.05 to 0.2), and for vigorous 
mixing it takes high values (0.2 to 0.4). A simulation of the 
operation of NASA fluid bed combustor is presented in Figure 4. 
In this combustor, closely packed horizontal tubes are employed 
for heat removal, and, hence, the solids mixing is poor which is 
clearly shown by the nonuniform temperature profile and the 
nonuniform carbon concentration profile in the bed. Carbon 
concentration peaks at the coal feed point and decreases rapidly 
within the bed as combustion proceeds. Because of the higher 
concentration of carbon and oxygen near the coal feed point near 
the distributor, the combustion rate and the heat release rate are 
higher than the remaining part of the bed. This results in a high 
temperature zone near the coal feed point. On the other hand, 
in the freeboard region, though combustion takes place owing to 
the heat losses through the wall, the temperature drops. 

u 
' lbbb 

C 
3 
m 

2 
El 
3 bbb 

c 

bbb 

Reference 

Wen and Yu (1966) 

Mori and Wen (1975) 

Davidson and Harrison (1963) 
Kunii and Levenspiel (1968) 

Kunii and Levenspiel (1968) 

Kobayashi et  al. (1967) 

Rajan et al. (1978) 
Merrick and Highley (1974) 

b We Bbb 8bb 

RE1G.T ABOVE TRE DISTRIBUTOR , ems 

Figure 4. Temperature and carbon concentration profiles in the bed. 

Figure 5 shows the effect of fluidizing velocity on sulfur 
retention efficiency. At low velocities, elutriation is small, and 
hence the average bed particle size is small. This implies a 
greater reactivity of the limestone particles. Also, the gas and 
solids residence times are increased. Hence, a higher sulfur 
dioxide retention efficiency is obtained. But, at higher fluidizing 
velocities, entrainment is large, and the particles entrained are 
also larger. Bed particle sizes are consequently larger, resulting 
in lower reactivities. At higher superficial velocities, residence 
time is also short. A combination of these effects results in a 
lower sulfur dioxide retention efficiency. Figure 6 shows the 

I I 

RCU DATA 
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\ 
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Figure 5. Effect of fluidizing velocity in sulfur dioxide retention. 
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Figure 6. Sulfur dioxide concentration profile in the combustor. 

sulfur dioxide concentration profiles obtained from the simula- 
tion of a NASA combustor. Near the coal feed point, because of 
the combustion ofvolatiles, a large proportion of sulfur dioxide is 
released into the emulsion phase. A high concentration of sulfur 
dioxide is seen at this location. Sulfur dioxide is then absorbed 
by the calcined limestone particles in the bed, and its concentra- 
tion in the emulsion phase decreases as a function of height 
above the distributor. The gases leaving the bed surface come in 
contact with the fine limestone particles entrained into the 
freeboard, and sulfur capture is appreciable in the freeboard 
region. Also, in the case of a NASA combustor, since the cross- 
sectionall area of the freeboard region increases as a function of 
bed height, the gas and solids residence time in the freeboard 
increases. Hence, the sulfur dioxide retention is high, and its 
concentration in the freeboard is low. 

The effect of bed temperature on nitric oxide emission is 
shown in Figure 7. The average carbon concentration in the bed 
which is closely related to nitric oxide reduction is also shown in 
the figure. Nitric oxide concentration at the exit in the flue gas 
increases with the bed temperature, while the average carbon 
concentration in the bed decreases. At low temperatures, nitric 
oxide formed is reduced by the larger amount of char in the bed. 
At higher temperatures, the nitric oxide emission increases, 
since the char content is low, affecting the nitric oxide-char 
reaction rate. At temperatures above 825"C, the nitric oxide 
emission plateaus off. This is due to the fact that while the nitric 
oxide re(duction rate by char above this temperature becomes 
fast, the char content in the bed is significantly lowered. 

t 
0 - 
L n 

- 28 

BOO - 

(I# - - I 2  

- 8  
I K C I S S  A11  = 10-281 

I 1 
780 758 818 I S 8  

BED TEMPERATURE . . C 

Figure 7. Effect of temperature on nitric oxide emission. 

Figure 8 is an example of the nitric oxide concentration pro- 
files in the bubble and emulsion phases. Data points are the time 
averaged nitric oxide concentrations obtained experimentally 
(Gibbs et al., 1975) near the wall and at the center of the bed. 
The nitric oxide concentration near the wall is higher than that at 
the center of the bed. The probability of a probe sampling the 
bubble is higher at the center than near the wall, since the 
proportion of the bubbles is small near the walls. These results 
indicate that nitric oxide is preferentially formed in the emulsion 
phase owing to the release and subsequent combustion of vol- 
atiles in the emulsion phase. Higher concentrations of nitric 
oxide in the emulsion phase near the coal feed point are the 
results of rapid evolution and combustion of volatiles from coal 
in this region. The nitric oxide concentration in the bubble 
phase increases because of char and volatiles combustion. Fig- 

FREEBOARD 

NASA FBC 
PRESSURE = 5.15 atm C : CODLING TUBES 

PRESSURE = 5 .15  atrn EXCESS AIR = 6 4  % 
EXCESS AIR = 64% U s  0-03203  J/sec.cm2 C 

EXPANDED BED HT.= 142  cms 
U 0 . 0 3 2 0 3  J/sec.cm2 'C 

c : coollng tubas 

0 50 100 

wEi iwT mn i n f  ~ is in i imimn . CIDS HEIGHT ABOVE THE DISTRIBUTOR. ems 

Figure 9. Effect of solids mixing on the bed temperature profile. Figure 10. Effect of solids entrainment on the temperature profile. 
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TABLE 3. DIMENSIONS OF FBC EXAMINED 

Specific Tube 
surface area, outside Vertical Horizontal Tube 
cm2/cmz bed diameter, cm pitch, cin pitch, cin configuration 

NCB 

Gibbs e t  a1 
(1975) 

Exxon mini 
plant 

NASA T 
I 
I 

D 

I 
I 

Bed cross section, cm 

A = 52.8 
B = 29.2 
C = 22.7 
D = 280 

E = 81.3 
F = 62.7 

0.15 

- 

0.205 

0.149 

0.1744 

ure 8 also indicates the nitric oxide concentrations in the 
freeboard. In the freeboard, both char combustion and nitric 
oxide reduction takes place. When the char burns, nitric oxide is 
released from the nitrogen contained in the char. These two 
competing reactions determine the total nitric oxide emission at 
the outlet of the combustor. 

Two of the important parameters in the model are the solids 
mixing parameterf, and the fraction of wake solids thrown into 
the freeboard fsw. The effects of these parameters on the tem- 
perature profile in the bed are shown in Figures 9 and 10. For 
this parametric study, the bed dimensions and cooling coils 
location are similar to the NASA fluid bed combustor (Table 3). 
In the future, when more accurate correlations are developed, 
these new correlations should be used for estimation of these 
parameters in the model. Figure 9 shows the effect offw on the 
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Figure 1 1. Effect of bubble size (or compartment size) on the bed tempera- 
ture profile. 
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temperature profile in the bed. Low values of f ,  represent poor 
solids mixing. When solids mixing is poor, most of the volatiles 
are released near the coal feed point. Combustion of these 
volatiles causes a rise in the temperature of the bed in the 
neighborhood of the solids feed point. As f w  increases, solids 
mixing becomes more vigorous, and heat liberated by the com- 
bustion of volatiles near the feed point is immediately dissipated 
by the rapidly mixing solids. Because of improved mixing, the 
bed temperature profile becomes uniform. 

The extent of freeboard reactions depends on the solids hold 
up in the freeboard. Solids hold up in turn depends on the 
amount of solids thrown up into the freeboard by the bursting 
bubbles at the bed surface. The rate of entrainment of solids 
from the bed surface Fo is given by Equation (2) (Yates and 
Rowe, 1977). For a set of operating conditions, increasing the 
value of&, increases the solids splashing rate at the bed surface. 
If a large amount of solids is splashed, char elutriation from the 
combustor will also be large. This will result in lower combus- 
tion efficiency and hence a lower temperature in the bed. The 
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Figure 12. Effect of bed to tube heat transfer coefficient on the bed 

temperature. 
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temperature drop in the freeboard decreases as fsu! increases 
because omf increased combustion in the freeboard. This is clearly 
illustrated in Figure 10. It should be borne in mind that the 
NASA fluidized bed combustor is a small unit, and heat losses 
from the wall in the freeboard are considerable. If the bed is 
bigger in size than the one used here, the heat losses through the 
walls will he  minimal. Also, with good insulation, heat losses can 
be reduced. In large commercial combustors, if the entrainment 
is increawd, combustion of char in the freeboard will also in- 
crease, resulting in higher temperatures in the freeboard. 
Hence it is seen that the parameter fSu. is critical and has to be 
carefully evaluated in order to properly account for the 
freeboard reactions. 

Figure 11 brings out the effect of bubble size (or the com- 
partment size, since compartment size is taken as the same as 
bubble si:ze) on the bed temperature profile. When a single 
bubble diameter is used as an adjustable parameter, a small 
value for .the bubble diameter tends to overestimate the com- 
bustion rate in the bed. This is because of increased mass 
transfer ofoxygen to the emulsion phase from the bubble phase. 
This resul-ts in steep temperature profiles. As the bubble diame- 
ter is increased, the profile becomes less steep,. and also the 
average temperature decreases because of less combustion in 
the bed. Figure 11 also compares the present work with the 
experimental data. Clearly, it is seen that bubble size cannot be  
assumed as an arbitrary parameter, and the coalescence of bub- 
bles has to be incorporated in any realistic FBC model. 

Figure 1.2 is a parametric study of the effect ofbed to tube heat 
transfer coefficient on the temperature profile in the bed. 
Changes in the value of the heat transfer coefficient do not 
significantly affect the shape of the temperature profile but affect 
the level of bed temperature. As can be seen from Figure 12, if 
the actual heat transfer coefficient were 0.03203 J/s cm"C (56 
Btu/hr * ft2 . O F ) ,  the assumption of a lower heat transfer 
coefficient of 0.02637, J/s * c m Z T  (46 Btu/hr . ft2, OF) would 
result in a temperature difference ofabout 40°C above the actual 
temperature. So it is apparent that an accurate estimation of the 
heat transler coefficient for a wide range of design is critical to 
make accurate predictions of bed temperatures. 
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NOTATION 

At 
a H E  

= cross-sectional area of the bed, om2 
= specific heat transfer area of the tubes, cm2/cm3 FBC 

volume 
a H E W  = specific heat transfer area of the walls, cm2/cmg FBC 

volume 
= proportion of total abrasion fines in the xth size frac- 

tion 
= weight fraction ofbed material in the xth size fraction 
= heat capacity of coal feed, J/g "C 
= concentration of carbon dioxide, gmole/cm3 
= carbon content in char, g carbon/g char 
= molar heat capacity of gas, Jlgmole "C 
= concentration of nitric oxide, gmole/cm3 
= heat capacity of solids, J/g "C 
= heat capacity of feed additives, J/g "C 
= concentration of su lhr  dioxide, gmole/cm3 
= wt. fraction methane in the volatiles 
= wt. fraction carbon monoxide in the volatiles 
= molecular diffisivity for oxygen-nitrogen cm2/s 
= bubble diameter, cm 
= bubble diameter at the distributor level, cm 

D B M  

Dt 
d C  

= fictitious inaximum bubble diameter, cm 
= diameter of FBC, cm 
= diameter of char particle in the bed, cm 

diameter of char particle entrained in the freeboard, 
cm 
diameter of limestone particle in the bed, cm 
diameter of limestone particle entrained in the 
freeboard, cm 
particle diameter, cm 
elutriation rate constant, g/s 
dispersion coefficient in the freeboard, cmYs 
molar flow rate of gas in the bubble phase, gmole/s 
molar flow rate ofgas in the emulsion phase, gmole/s 
total molar flow rate of gas in the combustor, gmole/s 
solids entrainment rate at the bed surface, g/s 
entrainment rate of particles of x size fraction at bed 
surface 
fraction of wake solids thrown into the freeboard 
solids mixing parameter, ratio of wake volume to the 
bubble volume including the wakes 
gas flow rate, g / s  

= acceleration due to gravity, cm/s2 
= volatiles burning rate in the bubble phase, gmolds 
= carbon monoxide burning rate, gmole/s 
= volatiles burningrate in the emulsion phase, gmole/s 
= wt. fraction hydrogen in the volatiles 
= wt. fraction water in the volatiles 
= height above the bed surface, cm 
= attrition rate constant, l/cm 
= gas exchange coefficient, l /s  
= nitric oxide reduction rate constant in the bubble 

= carbon-carbon dioxide chemical reaction rate con- 

= nitric oxide reduction rate constant in the emulsion 

= nitric oxide reduction rate constant, cm/y 
= overall rate constant for char combustion, cm/s 
= overall rate constant for char combustion in bubble 

= overall rate constant for char combustion in emulsion 

= gas film diffusion rate constant, g/cm2 . s . atm 
= chemical reaction rate constant for char combustion, 

= overall volume reaction rate constant for limestone- 

= abrasion rate constant for the xth size fraction, l /s  
= chemical reaction rate constant for limestone-sulfur 

= weight of particles remaining in the bed after the size 

= weight of bed material, g 
= atomic weight of carbon, g/g atom 
= weight of bed material in the xth size fraction 
= number oflimestone particles in the ith compartment 

in the freeboard 
= number of char particles in the ith compartment in 

the freeboard 
= Peclet number 
= Reynolds number 
= Schmidt number 
= number of orifices in the distributor 
= average pressure of the FBC, atm 
= partial pressure of oxygen, atm 
= proportion of fines recycles to the bed from the pri- 

= proportion of fines recycled to the bed from the 

= heat of calcination of lime3tone, J/g 
= heat of combustion of char, /g 

phase, cm/s 

stant, cm/s 

phase, cm/s 

phase, cm/s 

phase, cm/s 

g/cm2 . s . atm 

sulfur dioxide reaction, l / s  

dioxide reaction, Us 

reduction from the original size to d, 

mary cyclone 

secondary cyclone 

= heat of Combustion of volati / es (complete burning), 
J/gmole 

J/gmole 
= heat of combustion of volatiles (partial burning), 
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9lx 

qPr 

R 
&, = attrition rate, g/s  
RB,NO,c = nitric oxide release rate in the bubble phase due to 

RB,NO,V = nitric oxide release rate in the bubble phase due to 

RB,sq,c = sulfur dioxide release rate in the bubble phase due to 

RB,S*,V = sulfur dioxide release rate in the bubble phase due to 

= collection efficiency of the primary cyclones for the 

= collection efficiency of the secondary cyclones for the 

= gas constant, 8 319.17, J/kg-mole O K  

xth size fraction 

xth size fraction 

char combustion, gmole/s 

volatiles combustion, gmole/s 

char combustion, gmole/s 

Rc h 

Rco 

volatiles combustion, gmole/s 
= char produced per unit g of coal fed, g/g 
= carbon monoxide released during devolatilization, 

Rc, = carbon dioxide released during devolatilization, 

RE,NO,c = nitric oxide release rate in the emulsion phase due to 

gmolels 

gmole/s 

char combustion, gmole/s 

volatiles combustion, gmole/s 
RE,No,V = nitric oxide release rate in the emulsion phase due to 

RE,s%,V = sulfur dioxide release rate in the emulsion phase due 
to volatiles combustion, gmole/s 

= gas constant, 82.06 atm * cm3/gmole O K  

= nitric oxide release rate, gmole/s 
= sulfur dioxide release rate, gmole/s 
= volatiles released, gmole/s 
= elutriation rate of close size fraction x for given 

= rate of combustion of carbon monoxide, gmole/cm3 s 
= char combustion rate in ith compartment, g/s 
= char combustion rate, gmole/s . particle 
= effective specific surface area of limestone, cm2/g 
= temperature in the bed, O K  

= mean temperature in the boundary layer of the char 
particle in  the  bubble  phase, O K ;  also in  t h e  
freeboard, “K 

operating conditions 

= transport disengaging height, cm 
= char particle temperature O K  

= mean temperature in the bdundary layer of the char 

= mean temperature in the boundary layer of the char 

= solids feed temperature, O K  

= cooling water temperature, O K  

= average FBC wall temperature, O K  

= temperature, “C 
= burning time of a char particle, s 
= wt. fraction tar in the volatiles 
= bed to tube hat transfer coefficient, J/s * cm‘ “C I 

= bubble velocity, cm/s 
= minimum fluidization velocity, cm/s 
= superficial gas velocity or  fluidization velocity, c m h  
= terminal velocity of the particle, cm/s 
= bed to wall heat transfer coefficient, J/s . cm2 “C 
= volati!es yield during devolatilization, % of coal daf 
= carbon monoxide produced due to volatiles burning, 

= carbon dioxide produced due to volatiles burning, 

= volatile nitrogen in coal, g/g, dry basis (d.b.) 
= volatile sulfur in coal, g/g, dry basis (d. b.) 
= proximate volatile matter in the coal, % of coal daf 
= solids withdrawal rate, g / s  
= solids entrainment rate, g/s 
= additives feed rate, g/s 
= coal feed rate, g/s  
= solids feed rate of zth size fraction, g/s 
= solids mixing rate, g / s  
= net flow rate of solids, g / s  

particle in the emulsion phase, O K  

particle, O K  

gmole CO/gmole volatile 

gmole COp/gmole volatile 

Wx = rate of transfer of particles from size fraction z to 
fraction x + 1 by size reduction, g / s  

= weight fraction carbon in the bed 
= oxygen required for partial combustion of volatiles, 

= oxygen required for complete combustion of vol- 

= proximate volatile matter content of coal, g/g coal 

= mole fraction oxygen in the bubble phase 
= mole fraction carbon dioxide in the bubble phase 
= mole fraction nitric oxide in the bubble phase 
= mole fraction sulfur dioxide in the bubble phase 
= mole fraction carbon monoxide 
= mole fraction carbon dioxide 
= mole fraction oxygen in the emulsion phase 
= mole fraction carbon monoxide in the emulsion 

= mole fraction carbon dioxide in the emulsion phase 
= mole fraction nitric oxide in the emulsion phase 
= mole fraction sulfur dioxide in the emulsion phase 
= mole fraction volatiles in the emulsion phase 
= mole fraction water 
= mole fraction oxygen 
= mole fraction nitric oxide 
= mole fraction sulfur dioxide 
= mole fraction volatiles 
= height above the distributor, cm; A2 compartment 

gmole Oz/gmole volatile 

atiles, gmole Oz/mole volatile 

( d 4  

phase 

size, cm 

Greek Letters 

EB = bubble fraction 
EC 

emf 
€tube 
hl = reactivity of limestone 
El. 
pc,,.h 

Pch 

Pu 
P S  = density of solids 
4 
4 B  

4s  

= cloud fraction including bubble 
= void fraction at minimum fluidization 
= volume fraction of tubes 

= viscosity of gas, g/cm . s 
= density of carbon in char, g/cm3 
= density of char, g/cm 
= density of gas, g/cm3 

= mechanism factor of char combustion 
= mechanism factor in the freeboard 
= mechanism factor in the emulsion phase 

Subscripts 

X = xth size fraction 
i = ith compartment 
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Nucleation and Evolution of Slog Droplets 
in Coal Combustion 

KWAN H. IM 
Kinetics governing the nucleation and size variation of the slag droplets are 

first analyzed. Governing conservation equations are then formulated for the 
droplets an,d the surrounding gas-vapor mixture. These equations are solved 
numerically for the environments representing a typical flow through the channel 
and diffuser of a coal fired, MHD, power generation system. The average droplet 
size, total number density and the droplet size distribution are found to be rather 
strongly influenced by the total slag mass fraction and the supersaturation ratio. 

and 

PAUL M. CHUNG 
Argonne National Labomtory 

Argonns, Illinois 

SCOPE 
One of the added complexities associated with the flow of the 

coal generated plasma, through the MHD channel and the, 
after gas system, is caused by the residual slag invariably 
carried over to the MHD channel from the coal combustor 
(see, for instance, Heywood and Womack, 1969; Way, 1974; 
Chung and Smith, 1977; Ubhayaker et a]., 1976). The slag may 
be both in a liquid and vapor phase. In addition to physically 

interacting with the electrode surfaces, the slag droplets, 
either carried into the channel or formed through nucleation, 
act as a strong electron sink (Martinez-Sanchez et al., 1977). 
Thus, the slag in the plasma could substantially affect the 
generator performance. Also, radiative heat transfer from the 
combustion gas to the surroundings is strongly influenced by 
the number density and size distribution of the droplets. In the 

, Paul M. Chung IS at the University of Illinois, Chicago Circle, Illinois. subsequent after gas treatment system, condensation and re- 
moval of the slag must be accomplished among other gas clean- 
ing and energy recovery processes. It is clear, therefore, that 0001-1541-8&37l37-065bS01.05. 0 The American Institute of Chemical Engineers, 

1980. 
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